The external loop airlift reactor (ELALR) is a modified bubble column reactor that is composed of two vertical columns that are interconnected with two horizontal tubes and is often preferred over traditional bubble column reactors because they can operate over a wider range of conditions. In the present work, the gas-liquid flow dynamics in an ELALR was simulated using an Eulerian-Eulerian ensemble-averaging method in two-dimensional (2D) and three-dimensional (3D) coordinate systems. The computational fluid dynamics (CFD) simulations were compared to experimental measurements from a 10.2 cm diameter ELALR for superficial gas velocities ranging from 1 cm/s to 20 cm/s. The effect of specifying a mean bubble diameter to represent the gas phase in the CFD modeling was investigated, and 2D and 3D simulations were found to be in good agreement with the experimental data. The ELALR flow regimes were compared for the reactor operating in bubble column, closed vent, and open vent modes, and the 2D simulations qualitatively predicted the behavior of bubble growth in the downcomer. However, it was found that 3D simulations were necessary to capture the physics of the ELALR for gas holdup, bulk density differences, and riser superficial liquid velocity. 
Introduction
Airlift reactors are widely used in many bioprocessing applications such as syngas fermentation and wastewater treatment due to their excellent heat and mass transfer characteristics, simple construction, and ease of operation ͓1͔. Two basic classifications of airlift reactors are the internal loop and external loop reactors. An internal loop reactor is a modified bubble column ͑BC͒ that has been subdivided into a riser and a downcomer by the addition of a baffle or draught tube. The external loop airlift reactor ͑ELALR͒ is composed of a riser and a downcomer that are joined together with two horizontal connectors ͑refer to Fig. 1͒ , whereby the riser is gassed, while the downcomer is not. As a consequence of the density difference between the bubbly mixture in the riser and liquid in the downcomer, liquid circulation develops ͓2͔. Airlift reactors are preferred over traditional bubble column reactors due to well directed liquid circulation, thus facilitating the cultivation of shear sensitive organisms; as a result, these reactors are widely used in the biochemical industry ͓3͔. Airlift reactor hydrodynamics are studied experimentally and computationally for scale-up and design considerations. Full-scale experimentation in airlift reactors is expensive, and therefore, a more cost-effective approach is by using validated computational fluid dynamics ͑CFD͒ models.
There have been extensive studies performed experimentally ͓4-12͔ and a few investigations conducted computationally ͓3,8,13͔ that provide a better understanding of external loop airlift reactor hydrodynamics. Bentifraouine et al. ͓4͔ studied the effects of a gas-liquid separator and liquid height on the global hydrodynamic parameters of an ELALR. The study revealed that two openings at the top junction between the riser and the downcomer were able to double the liquid circulation velocity and decrease the gas holdup by 30%. Gavrilescu and Tudose ͓6͔ observed that the downcomer-to-riser cross-sectional area ratio affects the gas holdup due to the influence of the geometry ratio on liquid circulation velocity. Merchuk and Stein ͓7͔ measured the local gas holdup and liquid recirculation rate in an airlift reactor and determined the relationships between the measured liquid velocity and the gas flow rate and between the local gas velocity and the total flow rate of the mixture. Snape et al. ͓5͔ conducted experiments to study the effects of liquid phase properties and sparger design in an ELALR and found that the Zuber and Findlay drift flux model fit the riser gas holdup data for the heterogeneous flow regime but failed to predict gas holdup data for the transitional flow regime. Dhaouadi et al. ͓9͔ measured the solid effects on hydrodynamics and heat transfer in an ELALR and found that an increase in solid holdup leads to a decrease in liquid velocity and heat transfer. Other researchers such as Zhang et al. ͓10͔ and Choi ͓12͔ measured the effects of different reactor configurations and operating conditions on the hydrodynamic parameters of an external loop airlift reactor. For example, Choi ͓12͔ found that an increasing downcomer-to-riser cross-sectional area ratio increases the liquid circulation velocity and downcomer gas holdup and decreases riser gas holdup and mixing time.
For computational studies, two methods commonly used for bubble column predictions are the Eulerian-Eulerian model or the Eulerian-Lagrangian model. The Eulerian-Eulerian model treats dispersed ͑gas bubbles͒ and continuous ͑liquid͒ phases as interpenetrating continua and describes the motion for gas and liquid phases in an Eulerian frame of reference ͓14-18͔. In the EulerianLagrangian model, the continuous phase is described in an Eulerian representation, while the dispersed phase is treated as discrete bubbles, and each bubble is tracked by solving the equations of motion for individual bubbles ͓19-21͔. The authors ͓22͔ have pre-viously demonstrated that by using the Eulerian-Eulerian twofluid model, predictions of gas holdup and gas velocity were in good agreement with experiments reported in the literature for bubble column flows, provided that appropriate turbulence models and grid resolutions were used.
Numerical simulations of external loop airlift reactors employing an Eulerian-Eulerian model ͓3,8,13͔ were surveyed, and literature on Eulerian-Lagrangian simulations of airlift reactor hydrodynamics was not found. Wang et al. ͓8͔ conducted twodimensional steady-state simulations of a cylindrical external loop airlift reactor using an Eulerian-Eulerian method and showed that the lateral forces and interphase turbulence have noticeable influence on predicting the hydrodynamic behavior. In addition, Cao et al. ͓13͔ performed three-dimensional transient simulations of a rectangular external loop airlift reactor and obtained good agreement between the predicted hydrodynamic parameters and experiments, except in a high gas flow rate regime. Roy et al. ͓3͔ conducted three-dimensional steady-state simulations of a cylindrical ELALR and found agreement between the CFD EulerianEulerian predictions for gas holdup, axial liquid velocity, and mixing time with experiments. It should be noted that Wang et al. ͓8͔ and Cao et al. ͓13͔ conducted experiments in addition to numerical simulations.
In the present work, the gas-liquid flow dynamics in an ELALR are simulated using CFDLib ͓23͔ in two and three dimensions. The Schiller-Naumann drag coefficient model is used, and the turbulence model employed is either the bubble pressure model with bubble induced turbulence ͑BP+ BIT͒ ͓24,25͔ or the multiphase k-model ͓26,27͔ depending on the flow regime. An appropriate effective bubble diameter is determined based on the superficial gas velocity in a parametric study for both 2D and 3D simulations. Temporal and spatial averaged gas holdup in the riser and downcomer are computed from the simulations and compared to experimental measurements for an ELALR of the same geometry. Predictions for riser superficial liquid velocity and bulk density differences are also compared with the experiments. The objectives are to validate the simulations with experimental data in order to determine an appropriate set of model parameters and compare reactor operating modes on mixing.
Experimental Procedures
A schematic of the ELALR used in this study is shown in Fig.  1 . The ELALR consists of two main parts, a 2.4 m cast acrylic riser with a 10.2 cm inner diameter ͑i.d.͒ and a 2.4 m cast acrylic downcomer with a 2.5 cm i.d., creating an aspect ratio based on the cross-sectional area AR= 1 / 16. The downcomer and riser sections are connected with two 13.3 cm long, 2.5 cm i.d. acrylic tubes located at H = 5 and 127 cm, where H is the reactor height above the aeration plate. The initial unaerated liquid height is H = 142.2 cm ͑14 riser diameters͒ for all experiments. Gas is injected at the riser base through a stainless steel distributor plate having 1 mm diameter holes that are uniformly distributed over the entire plate area to produce an open area ratio of 2.22%. A gas plenum is located beneath the aeration plate and filled with large glass beads ͑i.e., marbles͒ to promote uniform gas distribution into the riser.
The top of the riser and downcomer sections are joined together with a ball valve ͑valve B in Fig. 1͒ as they enter the column vent; this allows for the possibility of gas flow out of the downcomer. A gate valve ͑valve A in Fig. 1͒ Two mass flow meters are used to measure the gas flow rate to cover low and high gas flow rate ranges, where the gas is filtered compressed air. Two pressure transducers are installed in the riser and located at H = 10.2 cm and 110.5 cm. An inclined U-tube manometer is attached to the downcomer section with connections located at H = 5 cm and 67.13 cm. The mass flow meters and pressure transducers are interfaced to a computer-controlled data acquisition system. Average inlet gas flow rate and riser section pressures are computed from measurements taken over a 2 s interval at a frequency of 1000 Hz.
Gas holdup in the riser section ͑␣ gr ͒ is measured between the two pressure transducers and is determined from the reactor pressure drop assuming that acceleration effects are negligible ͓1͔. As stated by Merchuk and Stein ͓7͔, acceleration typically contributes less than 1% to the total gas holdup measurement. At very high gas flow rates, acceleration effects will account for 2-3% of the total gas holdup. Since the maximum superficial gas velocity is 20 cm/s, neglecting acceleration effects is justified. Thus, the total pressure drop in the reactor corresponds to the hydrostatic head; in this case,
where ⌬P is the difference between the average local pressure at the two pressure transducers when U g Ͼ 0, and ⌬P o is the corresponding average pressure difference when U g =0 ͑i.e., the liquid hydrostatic head͒. Gas holdup in the downcomer section ͑␣ d ͒ is measured using an inclined U-tube manometer and is determined by the change in the height of the water columns in the manometer, assuming acceleration effects to be negligible. The superficial liquid velocity ͑U l ͒ is the remaining hydrodynamic parameter tracked in this research. Since U l cannot be directly measured, it is determined from knowledge of the linear liquid velocity ͑V l ͒ and gas holdup. The determination of the downcomer superficial liquid velocity ͑U ld ͒ is often accomplished Transactions of the ASME using a tracer technique to measure the downcomer liquid linear velocity ͑V ld ͒ and mathematical relationships to convert the measurable V ld to U ld . The tracer technique is based on determining the time it takes for a given tracer to travel a set distance. For this work, a potassium chloride salt tracer was selected, and conductivity electrodes are used to measure the time it takes an injection of the salt solution to travel past two fixed locations in the downcomer ͓28,29͔. The superficial liquid velocities in the downcomer ͑U ld ͒ and riser ͑U lr ͒ are calculated from the following analytical relationships ͓1͔:
where V ld is the average of three independent experiments where each experiment involved 50 V ld data points taken for the gas velocity of interest and ␣ gd is the corresponding downcomer gas holdup. Note that at the end of the 50 measurements, the system was drained, rinsed, and refilled with fresh water, and the average of the 50V ld measurements typically varied by less than 2%. Measurement uncertainties are estimated following the method provided by Figliola and Beasley ͓30͔. The typical uncertainties associated with U g are Ϯ1-5%, with the larger uncertainties corresponding to the lowest velocity measurements. The corresponding absolute gas holdup uncertainty is estimated to be approximately Ϯ0.001-0.015. Additional experimental details can be found elsewhere ͓29͔.
3 Numerical Formulation 3.1 Governing Equations. The code CFDLib, a multiphase simulation library developed at Los Alamos National Laboratory ͓23,31͔, is used to solve the governing equations for the two-phase flow in this study. The two-fluid Eulerian-Eulerian model is employed to represent each phase as interpenetrating continua, and the conservation equations for mass and momentum for each phase are ensemble-averaged. The variable represents either the continuous ͑liquid water͒ phase c or the dispersed ͑air bubble͒ phase d. The continuity equation for phase , neglecting mass transfer, is
The momentum equation for phase is
where identifies the opposite phase. The terms on the right hand side of Eq. ͑4͒ represent, from left to right, the pressure gradient, the effective shear stress, the interfacial momentum exchange ͑drag and virtual mass forces͒, and the gravitational force. The closure models for interfacial momentum exchange and turbulence effects are discussed next.
Interfacial Momentum Exchange.
The interfacial momentum exchange terms in Eq. ͑4͒ for each phase consist of drag and virtual mass force terms. The momentum exchange coefficient for the gas ͑d͒ and liquid ͑c͒ phases are modeled as
where C D is the drag coefficient. The virtual mass force F vm is modeled as
and the coefficient of 0.5 is used for a spherical bubble ͓32͔. The virtual mass force models the mass inertia added to the liquid phase as the bubble moves through the liquid continuum. The drag coefficient model proposed by Schiller and Naumann ͓33͔ is implemented into CFDLib,
where Re= c ͉u d − u c ͉d b / c is the bubble Reynolds number based on a characteristic ͑effective͒ bubble diameter, the slip velocity between the two phases, the liquid density and the liquid dynamic viscosity.
Turbulence Modeling.
Turbulence contributions for the continuous and dispersed phases are based on a modified form of the standard multiphase k-equations first presented by Kashiwa et al. ͓23͔ and described in detail by Padial et al. ͓27͔ to calculate turbulence at the gas-liquid interface in the form of a slipproduction energy term. The modified k-equations are used here only for high superficial gas velocity flows, as was shown in previous work by the authors ͓22͔. The equations for the turbulent kinetic energy and turbulent dissipation, respectively, are
Again, the subscripts and represent two different phases. The first three terms on the right hand side of Eq. ͑8͒ account for the diffusion of turbulent kinetic energy, mean flow shear production, and decay of turbulent kinetic energy. These terms are identical to terms that appear in single-phase turbulent flow ͓34͔. The remaining two terms in Eq. ͑8͒ are the production of turbulent energy from slip between phases and the exchange of turbulent energy among phases. The first three terms on the right hand side of Eq. ͑9͒ account for the turbulent diffusion, the mean flow velocity gradient production term, and the homogeneous dissipation term, respectively. The last group of terms in Eq. ͑9͒ describes the effect of interfacial momentum transfer on the production of turbulent dissipation ͑refer to Eq. ͑5͒͒. The turbulence parameters are set using standard empirical values for k-turbulence modeling, where C 1 = 1.44, C 2 = 1.92, C = 0.09, = 1.0, and = 1.3 ͓34͔, and further details have been discussed by Law et al. ͓22͔.
3.4 Bubble Pressure Model. The gas phase pressure consists of kinetic and potential pressure contributions, where the kinetic pressure is important only at low gas volume fraction or low inlet superficial gas velocity ͓35͔. The bubble kinetic pressure represents the transport of momentum arising from bubble-velocity fluctuations caused by the continuous liquid phase, collisions between bubbles, and hydrodynamic interactions between the gas bubble and the liquid continuum. The BP model refers to the kinetic pressure of the gas phase. Batchelor ͓35͔ proposed that the particle kinetic pressure is based on the particle velocity fluctuations for the gas-solid fluidized bed. Similarly, Biesheuvel and Gorissen ͓24͔ proposed a bubble pressure model for gas-liquid flows of the form
The gradient dP d / d␣ d is added to the right hand side of the gas momentum Eq. ͑4͒ when = d. A positive value of dP d / d␣ d acts as a driving force for bubbles to move from areas of higher ␣ d to areas of lower ␣ d and facilitates stabilization of the bubbly flow regime. The virtual mass coefficient C BP for an isolated spherical bubble is 0.5 and used in this analysis. The bubble pressure is proportional to the slip velocity and gas holdup. The gas holdup at close packing ␣ dcp is set equal to 1.0 in this study. The BP model is employed with a BIT model to obtain numerical stability and is only used for low superficial gas velocity flows ͑typically homogeneous flow͒, as previously shown by the authors ͓22͔. Sato et al. ͓25͔ proposed a BIT model proportional to the bubble diameter and slip velocity of the rising bubbles,
where the value of the proportionality constant C BT is 0.6. Equation ͑18͒ is substituted into Eqs. ͑8͒ and ͑9͒ when the BIT model is applied. The BIT model yields an effective viscosity in the liquid ͑continuous͒ phase, which is the sum of the molecular viscosity of the continuous phase and the turbulent viscosity calculated from the BIT model, whereas the effective viscosity for the dispersed phase is assumed to equal the molecular viscosity of the dispersed phase.
3.5 Simulation Conditions. CFDLib ͓36͔ uses a finitevolume technique to integrate the time-dependent equations of motion that govern multiphase flows. The code is based on an arbitrary Lagrangian-Eulerian ͑ALE͒ scheme, as described by Hirt et al. ͓37͔. The name refers to the flexibility of the scheme, which allows for the mesh either to be moved along with the fluid ͑Lagrangian͒, to remain in a fixed position ͑Eulerian͒, or to be moved in another fashion as selected by the user. The ALE scheme is designed to handle flows at any speed, including incompressible flow and hypersonic flow, and it allows for multifluid and multiphase calculations for an arbitrary number of fluid fields. The marker and cell ͑MAC͒ method has been selected in CFDLib to simulate the incompressible gas-liquid two-phase flow. Discretization of time derivatives are first order, and discretization of spatial derivatives are second order.
Simulations are performed using a fixed grid, and the computational domain is selected to match the experimental conditions. Referring to Fig. 1 , the geometry is modeled from H =0 ͑just above the aeration plate͒ to the bottom of vent B. The computational inlet condition assumes a uniform inlet velocity U g , which is equal to the superficial inlet gas velocity to approximate the experimental condition of a large number of uniformly distributed holes.
No-slip and outflow conditions are applied at the walls and the top of the column, respectively. If the vent is closed, the no-slip condition is applied; otherwise, the outflow condition is used at the outlet for the open vent airlift reactor. An effective bubble size d b , depending on the superficial gas velocity, is used to represent the dispersed gas phase. The convergence criteria are set to 1 ϫ 10 −8 for changes in the residuals of every dependent variable, and the simulations use an adaptive time step to march the solution forward. The flow achieves a pseudo-steady-state after 20 s; all time-averaging includes results from 20 s to 90 s for a total of 7000 realizations. The simulations are performed at 1 cm/s, 5 cm/s, 10 cm/s, 15 cm/s, and 20 cm/s superficial inlet gas velocities.
Results and Discussion
4.1 BC Study. The BC mode simulations are conducted for the riser column only; as mentioned, the external loop airlift reactor approximates a semibatch bubble column when both valve A and vent B are closed. For the BC study, the computational models are tested to determine the effects of selecting an effective bubble diameter, turbulence models, and 2D versus 3D domains. The 2D and 3D computational domains are simulated using a Cartesian coordinate system, where the 2D domain represents the center plane of the riser. An extensive grid resolution study of bubble column flow simulations was previously performed by Law et al. ͓22͔. Herein, the 2D simulations use 13,333 singleblock structured cells with ⌬x = 0.408 cm and ⌬z = 0.45 cm, whereas the 3D grid uses 48,000 multiblock structured cells with cell size variations of ⌬x = 0.40-0.50 cm, ⌬y = 0.40-0.50 cm, and ⌬z = 0.8 cm. The grid edges ⌬x and ⌬y lay in horizontal planes, and ⌬z is in the vertical direction. A typical 2D simulation uses average time steps of 0.004 s and 0.002 s for a 3D simulation.
The average gas holdup predictions for the 2D and 3D simulations are compared with the experiments, as shown in Fig. 2 . The error bars in this figure represent the maximum uncertainty in the gas holdup measurements and are only shown for cases associated with the CFD calculations, although they are applicable at all experimental data points. It should be stressed that the error bars represent the maximum uncertainty in the measured gas holdup, but in most cases, this uncertainty encompasses a smaller range. The selection of the effective bubble diameter size is guided by experimental observations, which were between 0.4 cm and 0.5 cm and became larger when the superficial inlet gas velocity increased. As a starting point, the effective bubble diameter used in the 2D simulations is 0.4 cm for U g =1 cm/ s, 5 cm/s, and 10 cm/s; d b = 0.5 cm for U g =15 cm/ s; and d b = 0.6 cm for U g =20 cm/ s. The superficial gas velocity guides which turbulence model is appropriate; the simulations shown in Fig. 2 employ the multiphase k-model unless otherwise specified. According to the flow regime map by Shah and Deckwer ͓38͔, gas-liquid flows in a 10.2 cm diameter riser can be characterized as a homogeneous flow ͑U g Յ 5 cm/ s͒, a transitional flow ͑5 Ͻ U g Յ 10 cm/ s͒, or a slug flow ͑U g Ͼ 10 cm/ s͒, depending on the superficial inlet gas velocity. Figure 2 shows that the simulations predict the experiment well at U g =1 cm/ s using the BP+ BIT model, which is expected for a homogeneous flow ͓22͔. Overall, the 2D predictions agree well 
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Transactions of the ASME with the experiments except at U g =5 cm/ s, which is considered a transitional flow regime ͓38͔. Both turbulence models, the BP + BIT model and the multiphase k-model, were tested at 5 cm/s superficial gas velocity. The BP+ BIT model predicts a slightly larger gas holdup compared to the multiphase k-model, but neither 2D case compares well with the experiments. Also, the effective bubble diameter used for U g =20 cm/ s is larger than that observed in the experiments. These potentially erroneous results motivate performing simulations using a 3D domain to determine how the turbulence models and effective bubble diameter affect the predictions. The parametric study for the 3D simulations begins with addressing the poor predictions using the 2D domain for U g =5 cm/ s. Testing both the BP+ BIT model and the k-model, it was found that the 3D simulation using the BP+ BIT compares quantitatively well with the experimental data, as shown in Fig. 2 . However, the simulation employing the k-model failed to produce a stable solution, which suggests that the 5 cm/s transitional flow is very sensitive to the computational model, as shown by Law et al. ͓22͔ . Four additional cases were simulated using the 3D model. For U g =10 cm/ s, the 3D simulation underpredicts the experimental gas holdup. At U g =15 cm/ s, the 3D simulation slightly underpredicts the experiment using d b = 0.5 cm, and for U g =20 cm/ s, the simulation slightly overpredicts the measured gas holdup using an effective bubble diameter of 0.6 cm compared to the 2D simulation. The last two findings further substantiate that using an effective bubble diameter within the experimental observations is important.
The average gas holdup profiles at U g =15 cm/ s for the 2D and 3D simulations at three vertical locations in the riser above the aeration plate are presented in Fig. 3 . The 2D simulation shows a more uniform gas holdup across the riser column, which resembles gas holdup trends for a homogeneous flow. In contrast, the 3D gas holdup profiles are more parabolic, which is expected for this heterogeneous flow regime. In addition, the gas holdup profiles converge with increasing height for both the 2D and 3D simulations because the gas-liquid flow becomes fully developed. The parabolic gas holdup profiles predicted by the 3D simulation for the BC mode are also consistent with experimental observations by Joshi ͓39͔.
ELALR Configuration Modes.
A comparison of the three ELALR modes is investigated. The simulations are conducted at U g =10 cm/ s in a 2D Cartesian coordinate system. The intention is to understand the flow dynamics within the reactor operating with different downcomer configurations. Figures 4͑a͒-4͑c͒ present instantaneous gas holdup for the BC, CV, and OV configuration modes, respectively. The instantaneous gas holdup exhibits an axial oscillation in the liquid bed for all modes. Note that the oscillations observed in the axial direction translate to horizontal oscillations if the vertical location is fixed and a time series is recorded. For both the CV and OV modes, a large gas bubble region is observed in the downcomer in the vicinity of the horizontal connector at H = 127 cm. The CV mode, in which vent B is closed, causes a gas-rich pocket in the upper connector and thus a higher riser height ͑approximately H = 190 cm͒. The OV mode, in which both valve A and vent B are open, allows for bubble formation and circulation within the downcomer and thus lowers the riser height.
As shown in Figs. 5 and 6 for the CV and OV modes, respectively, similar gas bubble formations near the upper connection of the downcomer are observed experimentally and qualitatively compare well with the CFD predictions of gas holdup. The experiments and simulations show that a meandering bubble plume flows through the riser column in the CV and OV modes. In the CV mode ͑Fig. 5͒, when the vent is closed, a large gas bubble forms in the downcomer near the upper connector and restricts liquid from traveling through the connector and rising through the downcomer. Comparing Figs. 5 and 6, the gas bubble significantly reduces near the connector when the vent is open ͑OV mode͒. Furthermore, the OV mode induces better mixing whereby liquid moves through the upper connector and expands through the downcomer. It is particularly encouraging that the 2D simulations qualitatively compare very well with the experiments in Figs. 5 and 6 because the hydrodynamics are very complex.
ELALR OV Mode
Study. The 2D and 3D computational domains are simulated for a range of superficial gas velocities to compare with experiments for the external loop airlift reactor. The 2D domain is discretized using 7574 multiblock structured cells with ⌬x = 0.408-0.50 cm and ⌬z = 0.90-1.25 cm, and the 3D domain is discretized using multiblock structured cells with ⌬x = 0.408-0.50 cm, ⌬y = 0.408-0.50 cm, and ⌬z = 1.0 cm. Due to the complexity of the 3D geometry, the connectors and downcomer are approximated as rectangular tubes with a square crosssectional area of 2.215ϫ 2.215 cm 2 that conserves the crosssectional area of the corresponding 2.5 cm diameter of the experiments ͑refer to Fig. 1͒ . Figure 7 compares average gas holdup for the 2D and 3D simulations with the experiments at various superficial gas velocities for ELALR in the OV mode. The bubble diameter was chosen for each inlet gas velocity based on the results shown in Fig. 2 . Predictions are in good agreement with both the riser and downcomer experiments except the 3D simulation at U g =10 cm/ s, which is a transitional flow regime whereby the computational models do not perform well. The BP+ BIT model is employed at U g =1 cm/ s and 5 cm/s, whereas the multiphase k-model was employed at higher superficial gas velocities ͑refer to Secs. 3.3 and 3.4͒. As a further comparison, the riser superficial liquid velocity is shown in Fig. 8 for the simulations and experiments. As is shown, the 3D simulations better predict the riser superficial liquid velocity because it better captures the complex 3D hydrodynamics that are visually observed in the riser and consequently affect the liquid riser velocity. When the ELALR is operated in the OV mode, U lr increases to a maximum and then sharply decreases as U g increases, and U lr eventually becomes independent of U g . Three liquid flow regimes can be identified for the OV mode of operation: ͑i͒ unrestricted flow, ͑ii͒ restricted flow, and ͑iii͒ fully restricted flow. In the unrestricted flow regime, U lr increases sharply with U g , which corresponds to the rapid rise in ␣ gr and a much smaller rise in ␣ gd ͑see Fig. 7͒ . Hence, when U g Յ 3.5 cm/ s, U lr is primarily a function of the bulk density difference, and this observation agrees with the experimental results presented by others ͓6,40-43͔.
Joshi et al. ͓44͔ described how the difference in riser and downcomer driving forces can be related to liquid circulation. When the bulk density difference ͑␣ gr − ␣ gd ͒ is plotted as a function of U lr , the relationship between the driving force and the liquid circulation becomes evident. As a result, Fig. 9 is useful in identifying the liquid flow regimes and their transition points. Figure 9 shows that the shift from the unrestricted flow regime to the restricted flow regime occurs at U lr Ϸ 3.7 cm/ s, which roughly corresponds to the point where bubble formation is observed in the downcomer. Increasing U g in the restricted flow regime results in a decrease in U lr and an increase in the bulk density difference, contrary to the observations for the unrestricted flow regime. Hence, when U lr is a function of the flow losses, geometry, and driving force, the flow losses are considered to dominate in the restricted flow regime.
The dominance of the flow losses in the restricted regime is attributed to stationary gas bubble growth in the downcomer, which causes the flow losses to increase rapidly with increasing U g . Initially, as the stationary gas bubble begins to grow ͑3.5 Յ U g Յ 5 cm/ s͒, the effective area ratio decreases, creating a choked flow condition in the downcomer that corresponds to the U lr local maximum shown in Fig. 9 . Furthermore, as U g continues to increase ͑5 Յ U g Յ 10 cm/ s͒, the bubble length in the downcomer near the upper connector increases until it reaches a maximum length at U g =10 cm/ s. Stationary gas bubble length change in this regime is a result of an increase in the bulk density difference and the initial flow restriction in the downcomer due to liquid separation from the downcomer wall. Hence, even though the Transactions of the ASME driving force increases, the flow losses increase faster with U g causing U lr to decrease. Essentially, the downcomer flow has become choked.
As shown in Fig. 8 , U lr continues to decrease with increasing U g due to stationary gas bubble development and growth until a maximum stationary gas bubble size is reached. The transition is easily identified in Fig. 9 and occurs when the driving force becomes independent of U lr ͑Ϸ2.3 cm/s͒, which corresponds to roughly U g =10 cm/ s. Under these conditions, the liquid flow in the downcomer is fully choked and the ELALR hydrodynamics are similar to those of a bubble column. In general, the simulations are in good agreement with experiments except in the transitional flow regime ͑e.g., U g =5 cm/ s͒. The 3D simulations compare quantitatively better with the experiments than the 2D simulations for all inlet gas velocities. These results elucidate the importance of using 3D simulations for a complex reactor geometry. The good comparison between simulations and experiments in Fig. 9 further affirms the validity of the CFD models used in this study, particularly when the system operates in different flow regimes.
Conclusions
The gas-liquid flow dynamics in an external loop airlift reactor were simulated using CFDLib in two-and three-dimensional Cartesian coordinates with the Schiller-Naumann drag coefficient model. The turbulence modeling choices of the BP+ BIT or multiphase k-model and a parametric study for the appropriate effective bubble diameter were considered. Simulations of the airlift reactor operating in different downcomer configurations were investigated, and the gas holdup was compared to experimental measurements. For the bubble column mode, the 2D numerical predictions agreed well with experiments except at U g =5 cm/ s, which was considered a transitional flow regime. The effective bubble diameter used in the simulations was found to be close to the experimental observation ͑within 0.4 cm and 0.5 cm͒, and this notion was further substantiated when the simulations were performed for a 3D domain. It was concluded that when performing 2D and 3D simulations, care must be taken when specifying the effective bubble diameter, especially at high flow rates.
Similar findings for the bubble diameter and turbulence models were found for the ELALR in an open vent mode. The bubble diameter increased as superficial gas velocity increased for the ELALR, which qualitatively corresponds to experimental observations. Three liquid flow regimes for unrestricted, restricted, and fully restricted flows were produced by the gas bubble in the downcomer near the upper connector, which was a function of the superficial inlet gas velocity. To conclude, the 3D external loop airlift reactor simulations compared well with experiments especially for riser superficial liquid velocity compared to the counterpart 2D simulations. This observation indicated that the azimuthal flow captured by 3D simulations improved the numerical predictions with experiments. 
